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Abstract

A heat integrated prefractionator arrangement is studied for a ternary separation of a propane-butane-pentane solution. The prefractionator arrangement has large energy savings compared with the best of the direct or indirect sequence with no heat integration. A heat integrated distillation system can be more difficult to control than a non-integrated arrangement, so good control systems are essential. In this work the focus is on the selection of control variables. The method of self-optimizing control has been used to provide a systematic procedure for the selection of controlled variables, based on steady state economics.

1. Introduction

For ternary separations there are three classical separation schemes: direct split, indirect split and prefractionator arrangement. Energy savings can be achieved for these separation schemes by running one of the columns at a higher pressure and integrating the reboiler/condenser. For these multi-effect systems there are two modes of integration: forward integration, where the heat integration is in the direction of the mass flow, and backward integration, where the integration is in the opposite direction of the mass flow. 

Cheng and Luyben (1985) compared the steady state designs for several multi-effect configurations for a benzene/toluene/xylene separation. The result showed 50% energy reduction and that the best configuration for the separation studied was a prefractionator/sidestream column arrangement with reverse integration.

Ding & Luyben (1990) presented control studies of both forward and backward integrated prefractionator systems for ternary separation of benzene-toluene-xylene. A direct split system is used for comparison. The configurations suggested has ”total Q” control and also control of the two impurities in the sidestream (from main column) by controlling the sidestream flowrate and the sidestream draw-off tray. For the low-purity case they find that the prefractionator arrangement is dynamically about the same as the conventional direct split configuration. For the high purity case both systems are controllable, but the direct split configuration gives much better load rejection. The control of the sidestream toluene composition is particularly poor.

Bildea & Dimian (1999) also investigated the controllability for a system with a prefractionator and a sidestream main column. For the forward and backward integrated case they looked at four different designs, depending on the light/heavy split in the prefractionator. The authors concluded that in general the forward heat integration scheme is the easiest to control.

In this work a heat integrated arrangement consisting of a prefractionator and a main column with sidestream is studied for the ternary separation of a propane-butane-pentane solution. The objective of this work has been on the selection of controlled variables, that is, finding which variables that should be controlled. The concept of self-optimizing control (Skogestad, 2000), which is based on steady state economics, is used to provide a systematic framework for the selection of the controlled variables. This method involves a search for the variables that, when kept constant, indirectly lead to near-optimal operation with acceptable economic loss. In self-optimizing control, rather than solving the optimization problem on-line, the problem is transferred into a simple feedback problem (Skogestad, 2000). In practice, this means that when the plant is subject to disturbances it will still operate within an acceptable distance from the optimum and there is no need to re-optimize when disturbances occur.

2. The Integrated Prefractionator Arrangement

The system studied in this paper is a ternary separation of propane-butane-pentane. The separation is carried out in two columns operating at different pressures (See Figure 1). The first column is a high pressure (HP) prefractionator, which performs the propane/pentane split. Both the distillate and the bottom products from the HP column is fed to the second, low pressure (LP) column.  Here propane, butane and pentane are the products from the distillate, sidestream and bottom stream, respectively. In the LP column the top part of the column (above sidestream) performs the propane/butane split while the bottom part (below the sidestream) performs the butane/pentane split. 

The feed to the HP column is 300 mol/s (liquid feed), feed composition is (0.25 0.5 0.25) and there are 20 and 40 stages in the HP and LP columns, respectively (10 in each section).

The heat integration between the two columns is in an integrated reboiler/condenser, where the condensing heat from the HP column is used to boil the LP column.

Figure 1. The heat integrated prefractionator arrangement.
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2.1. Energy savings for the integrated prefractionator arrangement

A prefractionator arrangement with no heat integration saves about 30% energy compared to the best of the direct or indirect sequence. A prefractionator with further heat integration where the columns are run at different pressures, can have savings of around 50% compared to the best of the direct or indirect sequence (Ding & Luyben, 1990).

For both the arrangements the energy saving is dependent on the recovery of the middle component from the prefractionator. Figure 2 shows a comparison of the minimum vapour flowrate required for the integrated and non-integrated prefractionator arrangement.

The calculation is based on the Underwood shortcut equations for minimum vapour flowrate for sharp splits and constant relative volatility. In the prefractionator (propane/pentane split) the minimum vapour flowrate as a function of the recovery of the middle component rB,D1, is calculated from:


[image: image4.wmf]0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1

0.4

0.6

0.8

1

1.2

1.4

1.6

1.8

2

Vmin for Prefractionator With and Without Heat Integration

Recovery of middle component (B)

V

mi

n/

F

Prefractionator  arrangement  with no integration:

V

min

 = V

pref

 + V

main

Prefractionator  arrangement with integration:

V

min

 = 

max[ V

pref

 , V

main

]

V

pref

V

main


(1)

The Underwood roots, (A and (B. are found from the feed equation (King, 1980). The vapour flowrate in the second column is calculated from Kings equation (King, 1980) for binary mixtures. Note that the effect of pressure on the separation is not included in these formulas.

Figure 2. Comparing Vmin for prefractionator arrangement with and without integration, sharp split, propane-butane-pentane; zF = [0.15 0.7 0.15].
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Based on these minimum vapour flowrate calculations Table 1 presents comparisons between energy requirements of integrated prefractionator arrangements and other integrated schemes. The energy savings are given as percentage improvement compared to the best of the non-integrated direct or indirect sequence. The Petlyuk arrangement has also been included for comparison. In all cases one or both of the integrated prefractionator arrangements has higher energy savings compared to the other schemes. The highest savings occur when there is a high concentration of the middle component. For feed composition (0.15 0.7 0.15) both the integrated prefractionator arrangements have savings of 63.1 %, compared to the best of the direct or indirect non- integrated sequence. In terms of energy the best of the other integrated schemes is a direct split arrangement (with forward or backward integration), which has 37.7 % savings.

Table 1. Comparison of energy savings (Vmin) of different systems (compared to the best of the non-integrated direct or indirect sequence), sharp split: propane-butane-pentane.

ZF
DSF

(%)
DSB

(%)
ISF

(%)
ISB

(%)
PF

(%)
PB(%)
Petlyuk

(%) 

[1/3 1/3 1/3]
45.5
45.5
28.6
28.6
58.11
59.1
28.6

[0.7 0.15 0.15]
19.8
19.8
20.1
30.2
25.6
41.6
19.85

[0.1 0.45 0.45]
32.1
32.1
25.0
25.0
57.7
57.7
25.0

[0.15 0.7 0.15]
37.5
37.5
28.4
28.4
63.1
63.1
28.4

[0.45 0.1 0.45]
27.6
27.6
29.2
30.0
34.1
43.7
27.6

[0.15 0.15 0.7]
32.5
32.5
21.2
21.2
46.7
46.7
21.2

[0.45 0.45 0.1]
42.0
42.0
29.0
29.0
54.7
58.1
29.0

DSF- direct split forward integrated,

DSB - direct split backward integrated

ISF - indirect split forward integrated,

ISB  - indirect split backward integrated

PF - prefractionator forward integrated,
PB   - prefractionator backward integrated

3. Self-Optimizing Control

The objective of the study is to implement a simple “optimal” control scheme for the integrated prefractionator arrangement by finding and controlling the variables in the system that will directly ensure optimal economic operation. Then, when there are disturbances in the system, there is no need to re-optimize.

The self-optimizing control procedure (Skogestad, 2000) consists of six steps: 1) a degree of freedom (DOF) analysis, 2) definition of cost function and constrains, 3) identification of the most important disturbances, 4) optimization, 5) identification of candidate controlled variables and 6) evaluation of loss with constant setpoints for the alternative sets of controlled variables.

The first important step in this systematic procedure is to analyse the number of degrees of freedom (DOF) for the system. For the integrated prefractionator arrangement there are eleven DOF, when assuming a fixed feedrate. These are: the boilup in the HP column, the condensation rate in the HP column, reflux, distillate and bottom flowrate from both columns, sidestream flowrate in the LP column, boilup in the LP column and condensation rate in the LP column (see Figure 1).

For this distillation system there are four holdups in the reboilers and condensers that have to be stabilised, but these have no steady-state effects and therefore no effects on the cost function. This then leaves seven degrees of freedom for optimization.

In the formulation of the objective function there are two ‘conflicting’ elements: to produce as much valuable product as possible, but using as little energy as possible. For a given feed, the cost function is defined as the amount of propane, butane and pentane from the LP column (at 0.99 mol% or more) multiplied by the relevant product prices, minus the cost of boilup:
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where pD, pS, and pB are the prices of the propane, butane and pentane products, respectively and pQ is the price of boilup. In this study all the products are assumed to have the same value (pD  = pS = pB = p).

Having defined the objectives, the system constraints must be defined. In addition to requiring positive flows, the following seven constraints have been specified:

· The pressure in the LP column should be greater than or equal to 1 bar.

· The pressure in the HP column should be less than 15 bar.

· The reboiler duty in the LP column (QB,LP) must equal the condenser duty in the HP column (QC,HP) (equality constraint).
· The product purities in the distillate (xA,D), side (xB,S) and bottom stream (xC,B) should be above or equal to 99 mol%.

· The area in the combined reboiler/condenser should be less than or equal to Amax. In practice this can be implemented by allowing the area to vary by using a bypass.

The optimization problem can then be formulated as: min (-Jx(x,u,d)), subject to: g1(x,u,d) = 0 (model equations) and g2(x,u,d) ( 0 (operational constraints). Here; x are state variables, u are independent variables that can be affected (DOF for optimization) and d are independent variables that can not be affected (disturbances).

Then the optimal operating point for the system with no disturbances is found by solving the optimization problem. This gives the optimal steady state values for all the variables in the system. Then the optimization is repeated for the various disturbances. The most important disturbance that has been considered is variations in the feed flow of ( 20 % and variations in feed compositions. From this optimization the active constraints of the system is found. When a variable is at a constraint then active constraint control is implemented. For this system we normally find that the three product compositions, the pressure in the LP column and the area of the exchanger are active constraints. This then leaves us with one unconstrained degree of freedom for which a control variable has to be selected.

However, there may be cases when the above constraints are not active. Take, for instance, a case when there are changes to the feed composition, such that the condensation in the HP column is higher than the energy requirements of the LP column. In terms of Figure 2 this means that the minimum vapour flowrate curve for the prefractionator will lie above the curve for the main column, for all recoveries of the middle component. In order to balance the columns it may then be optimal to overpurify the least valuable product in the main column, thus one purity constraint is no longer active. Another possible operation is that the prefractionator no longer performs a sharp A/C split and the light component (A) will appear in the bottom stream in order to reduce the prefractionator duty. It is therefore important for the column operation and control system to study the feed composition and the effects of expected disturbances.

If the condensation in the prefractionator is less than the boilup in the main column this can result in the purity requirements of the LP column not being met, or that we get pure A at the top, or pure C at the bottom of the prefractionator.

Another factor that can change the active constraints is the price of the products. When the prices are the same it is most profitable to produce each product at the minimum purity specification. However, if the price of one product is higher then the others then the products with the lower prices may be overpurified in order to produce as much as possible of the high value product.

For the unconstrained degree of freedom the suggested control variables tested were one of the following: boilup in the HP column, fixed boilup to feedrate ratio (QB/F), the pressure in the HP column, reflux ratio in the HP column, fixed reflux to feedrate ratio, distillate flow in HP column, bottom flowrate in HP column, temperatures in the HP column, temperatures in the LP column, distillate composition in the HP column and bottom composition in HP column.

4. Conclusions

The method of self-optimizing control is applied to a heat integrated prefractionator arrangement. This system has a total of eleven degrees of freedom with six DOF available for optimization when variables with no-steady state effects have been excluded and the duties of the two columns are matched. From the optimization it is found that there is one degree of freedom left for which there is not an obvious choice of control variable. The method of self- optimizing control will be used to find a suitable control variable that will keep the system close to optimum when there are disturbances. 
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