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Abstract: Membrane gas separation is a promising technology for carbon capture due to
its high energy efficiency, easy scale-up and simple operation. In particular, carbon capture
followed by syngas production becomes important as hydrogen is deemed to be a prominent
candidate to substitute fossil fuels. Therefore there is the need of understanding the effects of
process operation and design variables on hydrogen production and CO; separation efficiency
in membrane gas capture for blue hydrogen production. This work presents a predictive model
for a hollow fibre membrane module that can be applied to multicomponent gas separation. The
developed model accounts for concentration polarisation in a multicomponent system, caused
by limited mass transfer near selective membrane barriers, as well as axial variations in gas
flowrates and pressures. A number of simulations are undertaken by varying membrane module
properties and feed flowrates in order to investigate their effects on product quantity and quality.
Finally the model is validated against experimental data available in the literature.
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1. INTRODUCTION

Carbon capture technologies have attracted immense at-
tention worldwide as an attempt to reduce an environ-
mental impact in energy and chemical industries as well
as means to separate impurities from a gas mixture as in
natural gas processing (Siagian et al., 2019). In particular,
integrating carbon dioxide (CO2) capture with hydrogen
(Hz) production has been of interest for the production
of environmental-friendly blue Hy from the current fossil
fuel-based Hs production processes, as Hs has become
an important energy source to replace fossil fuels in the
transport and industrial sectors (Voldsund et al., 2016;
Antonini et al., 2020). CO2 can be captured by various
methods: chemical absorption, adsorption and membrane
separation (Zhang et al., 2020). Among them, amine-based
absorption has been most widely implemented due to its
high separation efficiency, high capacity and capability of
processing a gas stream with low COs loading (Siagian
et al., 2019; Wang et al., 2011; Xu et al., 2019). Despite
technological improvement, there are several drawbacks
such as high energy requirement for solvent regeneration,
equipment problems accompanied by the use of amines,
operational difficulties in packed columns such as flooding
and entrainment (Siagian et al., 2019; Wang et al., 2011;
Xu et al., 2019). Membrane-based gas separation has been
thought of as an alternative, where a partial pressure
difference between two gas streams separated by a selective
membrane is the main driving force for gas separation. It
is thought to be advantageous over conventional chemical
absorption in terms of energy efficiency, modularity and
operational simplicity (Siagian et al., 2019; Xu et al.,
2019).

Many researchers have attempted to develop high selec-
tivity and high flux membranes that can be applied to a
wide range of temperatures and pressures using different
materials (Voldsund et al., 2016; Adhikari and Fernando,
2006; Ockwig and Nenoff, 2007; Khalilpour et al., 2015;
Scholes et al., 2010; Lu et al., 2007). Gas permeance for
each gas species is the key parameter that determines
product gas quality and quantity. Also the extent of mass
transfer within a membrane module affects the concentra-
tion of gas species at membrane surfaces, which is different
from its bulk value due to selective gas permeation and
limited mass transfer. Since membrane technologies for gas
separation are still under development, especially for CO4
capture and Hy purification, a reliable mathematical model
for membrane CO5 capture with experimental validation
can be useful in elucidating the intricate relationships
between process variables and performance indicators.

There are a number of modelling studies for membrane
gas separation (Feng et al., 1999; Chu et al., 2019; Gilassi
et al., 2018). Chu et al. (2019) developed a mathematical
model of hollow fibre membrane modules for CO5 removal
from natural gas consisting of five types of hydrocarbons.
Although their model is capable of dealing with a multi-
component system with various flow configurations, con-
centration polarisation caused by different permeability
of each gas component has not been taken into account,
which could influence the overall separation performance
depending on the module design and operating conditions.
Several studies presented theoretical strategies to account
for concentration polarisation (He et al., 1999; Wang et al.,
2002; Nagy et al., 2013). However, the derived concentra-
tion polarisation formulas can only be applied to a binary



system or were not coupled with a predictive model of
membrane modules.

In this study, a mathematical model of hollow fibre mem-
brane modules is developed for multicomponent gas sep-
aration, followed by fossil fuel-based Hs production. The
developed model is capable of predicting gas concentra-
tions at membrane surfaces via the multicomponent con-
centration polarisation model as well as axial variations
in flowrates, concentrations and pressures for various flow
configurations. A parametric study is undertaken by vary-
ing gas permeances, selectivities and mass transfer coef-
ficient in order to quantitatively assess their effects on
product gas purities and stage cuts. It is believed that
the predictive model can be used to provide an insight into
process design and optimisation towards improved process
performance depending on different membrane materials
and modules.

2. MODELLING METHODS
2.1 Process Querview

The overview of hollow fibre membrane CO4 capture fol-
lowed by fossil fuel-based Hy production is shown in Fig
1. As a result of steam methane reforming and water gas
shift reactions, Hy and COs are mainly obtained at 70-80
mol% and 15-25 mol%, respectively, with a small amount
of unconverted CO and CHy4 (Voldsund et al., 2016). The
shifted syngas mixture is fed to hollow fibre membrane
modules for separation. Membranes can be either Hy se-
lective or COs selective. When an Hs selective membrane
is used, high purity of Hs is achieved in a permeate stream.
On the other hand, using a CO- selective membrane leads
to a COgq rich permeate and concentrated Hs in a retentate
stream. As depicted in Fig 1b, feed and permeate streams
can flow either inside the fibres or the module, i.e., feed
in the tube or in the shell. Also the direction of two flows
can be either co-current or counter-current. Sweep gas can
optionally be introduced in order to maximise produc-
tivity. Concentration polarisation resulting from selective
gas permeation and limited mass transfer is illustrated in
Fig 1c. The most permeable component becomes depleted
near the membrane walls due to its high permeation rate,
while the fractions of other components become relatively
be elevated. The concentration polarisation phenomena
are known to be the common performance inhibitor in
many membrane processes. Polarised concentrations of
each component should be taken into consideration for an
accurate calculation of permeation fluxes.

2.2 Modelling Hollow Fibre Membrane Gas Separation

A one-dimensional (1D) steady-state mathematical model
of hollow fibre membranes for gas separation is developed
by assuming a negligible portion of transverse flow near
the inlet and outlet of shell-side flow, as can be seen in
Fig 1b. The developed model mainly consists of three
elements: gas permeation, concentration polarisation and
axial variations of molar flowrates and pressures. Feed
gas is simplified to contain four components, Hs, COa,
CH,4 and CO. It is assumed that sweep gas is not used;
the model can easily be adapted to include sweep gas
via applying relevant boundary conditions. Temperature
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Fig. 1. The overview of membrane COy capture for Hy
production. (a) A simplified process diagram, (b) a
hollow fibre membrane module and (c) mass transfer
phenomena within the membrane module.

variations are neglected here under the assumption of
isothermal operation. Finally the ideal gas behaviour is
assumed for simplicity.

Gas Permeation Flurzes Permeate fluxes are governed by
partial pressure differences between the feed and permeate
streams.

Ji = a; (Pfxm,; — Ppy;) fori=1ton (1)

where J is the permeation flux in mol/(m?:s), a the
permeance in mol/(m?-s-Pa), P the pressure, 2 the molar
fraction in the feed stream and y the molar fraction in
the permeate stream. The subscripts i, m, f and p denote
i-component, membrane, feed and permeate, respectively.

Concentration Polarisation A model for concentration
polarisation is derived using volumetric fluxes for 1- to n-
component, as shown in Eqgs (2) and (3).

N; = A; (Pfxy,;, — Pyy;) fori=1to (n—1) (2)

n—1 n—1
Ps (1 -3 xm> - P, (1 -y y)

where N is the volumetric flux m3/(m?s) and A the
permeance parameter in the unit of m®/(m?-s-Pa), which
can be calculated by A; = a; M, ;/p; where M, is the
molecular weight and p the density. Also the volumetric
fluxes in the boundary layer near the membrane surfaces
at each local differential membrane area can be expressed
as a function of local bulk concentration z and membrane
wall concentration x,,.

Ni=k(zi—2m:) X +ax;Npfori=1to(n—1) (4)

N, = A, (3)
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where k is the mass transfer coefficient in m/s and Np
the total volumetric flux. T,.y and P,y are the reference
temperature (273.15 K) and pressure (1 atm), respectively.
The total volumetric flux can be calculated by summing
Egs (2) and (3) for all components and is expressed as
follows:

where X =

n—1

n—1
E Aixm,i - An § Tom,i

where Y = A, (Pf — P,) — P,

Ny = Py +Y

By substituting Eq (6) into Eq (4) and equating Eqgs (2)
and (4), a total of (n — 1) equations can be constructed:

n—1

T (AiPp + kX — 2Py AA;) — 2Py Z AA;x,
J#i

= A;Pyy; + kXx; +x;Y fori=1to (n—1)

where AA=A—- A, (7)

Therefore the array of polarised concentrations of 1- to
(n — 1)-component, X, can be obtained via Egs (8) to
(10).

Xm = M~ 'b (8)

i =\ —x;PpAA, for j #1i

bz' = Aszyz + kX.T,L + l‘iY for i =1 to (n - 1) (10)

The mole fraction of the final component, z,, ., is calcu-
lated using the follwoing relationship.

n—1
Tm,n = 1- § Tm,i
%

Component Balances Molar flowrates of each component
in the feed and permeate sides are resolved by the com-
ponent balances. Based on Fig lc, a feed gas flows from
z =0 to L, which is the length of fibres.

(11)

dF},;
=L paD,N 12
7 TDoNy (12)
dF,
" — 4+ J,;iD,N 13
P mDoNy (13)

where F' is the molar flowrate in mol/s, D, the outer
fibre diameter and Ny the number of fibres. Depending
on the flow direction, i.e., co-current or counter-current
flows, the sign of the right-hand side term in Eq (13) is
determined. Using the molar flowrates resolved by the set
of ordinary differential equations, each molar fraction is
calculated and used to calculate polarised concentrations
and permeate fluxes as mentioned above. In addition, axial
pressure variations are taken into account via the Hagen-
Poiseuille equation, which can be found in the literature
(Chu et al., 2019).

Boundary Conditions The model equations in Egs (12)
and (13) are solved by applying the following boundary
conditions.

Fyil-=0 = xi,0F%0 (14)
dF, ;
T”’ = Ji|,=0mD, Ny for co-current flow  (15)
Z z2=0
z=L
Fpils=0 = / JimDo,Nydz for counter-current flow (16)
z=0

For the pressure equations, operating pressure at the en-
trance of the feed channel is applied while the atmospheric
pressure (1x 10° Pa) is imposed at the exit of the permeate
channel.

2.8 Solution Procedure and Simulation Conditions

The differential model equations and boundary conditions
and integral boundary conditions in Egs (12) to (16)
are converted to algebraic equations via the first order
backward finite difference method. An iterative procedure
is employed to apply the boundary conditions for the
permeate molar flowrates, i.e., the fixed point iteration
for the co-current flow and the shooting method for the
counter-current flow. The model equations and numerical
procedures are implemented in MATLAB.

Model parameters, membrane module specifications and
feed conditions used for simulations are listed in Table 1.
An Hs selective membrane is assumed for a representative
case with its permeance and Ha/CO2 and Ho/CHy selec-
tivities reported in Adhikari and Fernando (2006), while
Hy/CO is chosen based on Lu et al. (2007). The mass
transfer coefficient is assumed to be constant throughout
the membrane module (Nagy et al., 2013) for simplicity,
although a mass transfer coefficient might vary depending
on hydrodynamics and module designs. Module specifica-
tions are found in Chu et al. (2019). Feed conditions are
chosen to be within a reported range (Voldsund et al.,
2016). For a parametric study, Ho permeance (or COq
permeance), Hy/COs (or CO2/Hs) selectivity and mass
transfer coefficient are varied, whose values are addressed
later.

Table 1. Model parameters and simulation conditions

Description Symbol Value (unit)

Hy permeance ape 1.6x107 1% mol/(m2-s-Pa)
Selectivity, Ha /CO2 Spz/coz 2.3

Selectivity, Ha/CHy4 sge/cHy 30

Selectivity, Ho/CO SH2/CO 24

Mass transfer coefficient & 1x107%
Module diameter Dna 0.1 m

Fibre outer diameter D, 250%10% m
Fibre inner diameter D; 200x10°% m
Fibre length L 0.6 m
Number of fibres Ny 60,000

Feed temperature T 313.15 K
Feed pressure Pso 20x10° Pa
Feed molar flowrate Fyo 0.03, 0.015, 0.0075 mol/s
Feed composition, Ha TH2,0 0.75

Feed composition, CO3q Zco2,0 0.20

Feed composition, CHy ZTCHY 0 0.04

Flow patterns Feed-shell, counter-current flow
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Fig. 2. Comparison of model calculations and experimental
data. (a) Oz molar fraction in the permeate with
respect to stage cut and (b) Ny molar fraction in
the retentate with respect to stage cut (= the total
amount of permeate to feed). CO and CT represent
co-current and counter-current, respectively.

3. RESULTS AND DISCUSSION
3.1 Model Validation

The developed mathematical model is validated against
experimental data available in the literature (Feng et al.,
1999), where air separation for producing pure nitrogen
(N2) and oxygen (O2) was tested. The hollow fibre mem-
brane module used in their study contained a bundle of 368
fibres with a length of 25 cm and an outer fibre diameter
of 160 pum. The experiments were carried out in both the
co- and counter-current flows without sweep gas. Feed air
contains 20.5 vol% of O, and its balance Ny at 690 kPa.
Permeance parameters for Oy and No were reported to be
9.30 and 1.80 GPU, respectively (Gilassi et al., 2018).

Fig 2 presents model calculations and experimental data
for the feed-shell operation. Calculated O5 molar fraction
in the permeate and N molar fraction in the retentate
are compared with their counterpart measurements under
various feed flowrates that lead to a wide range of stage
cut (= the amount of permeate to feed). As can be seen
in Fig 2, the model calculations show excellent agreement
with the experimental data both operations at a maximum
relative error of 1.9% (for Oy at the lowest stage cut for
the co-current arrangement).

3.2 Simulation Results

Simulations for a single hollow fibre module are under-
taken under three different feed flowrates using the model
parameters and module specifications listed in Table 1.
Fig 3 displays simulation results of axial variations in
fluxes, flowrates, mole fractions and pressure drops in
the feed and permeate sides at Fro = 0.015 mol/s. As
can be seen in Fig 3a, permeate fluxes are maintained to
be relatively constant throughout the membrane fibres.
Interestingly, an Hs flux decreases toward the exit of the
feed channel while other components exhibit the opposite
behaviour. This is attributed to the Hs selective nature
of the membrane used for simulation. Patterns of the
resultant molar fractions shown in Fig 3c resemble those
of the permeate fluxes. Normalised flowrates with respect
to the inlet feed flowrates and outlet permeate flowrates
for each component are displayed in Fig 3b. The outlet
permeate flowrates are 6.0x1073, 8.7x107%, 1.6 x10~° and
5.0 x 1079 mol/s for Hy, CO4, CH4 and CO, respectively.

A decrease in the levels of CHy and CO is not significant
in the feed stream, unlike H, and CO4. Also the difference
in the normalised flowrates of CHy and CO is trivial due
to their similar selectivities. Finally, pressure drops are
presented in Fig 3d, which are calculated with respect to
the inlet feed pressure and permeate pressure at the closed
end; the permeate pressure at the exit (z = 0) is 1 x 10° Pa.
In this scenario, the permeate pressure drop is much higher
than the feed side. This is due to the small diameter of
membrane fibres where the permeate stream flows, which
result in high flow velocity and frictional loss. Table 2 sum-
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Fig. 3. Simulation results of the representative scenario
at Fro = 0.015 mol/s. (a) Axial variations of gas
permeation fluxes, (b) normalised molar flowrates of
each gas component in the feed and permeate sides,
(¢) molar fractions of each gas component in the feed
and permeate sides and (d) pressure drops in the
feed and permeate sides, i.e., APy = Pro — Py and
AP, = Py closed — Pp, where P cioseq is the permeate
pressure at the closed end.

Table 2. A summary of simulation results

Feed flowrate, F'y o

0.03 mol/s  0.015 mol/s  0.0075 mol/s

Stage cut [%] 23.4 45.8 83.6
H»> 71.0 64.8 34.2

Retentate CO2 22.6 26.2 38.2
mol% CHyg 5.16 7.18 22.2
CO 1.29 1.78 5.43

H> 88.2 87.1 83.0

Permeate CO2 11.5 12.6 16.4
mol% CHyg 0.196 0.233 0.426
CO 0.0606 0.0723 0.135

marises the simulation results, including predicted stage
cuts, retentate mole fractions and permeate mole fractions
for each component. The achieved stage cut increases
as the feed flowrate decreases, albeit not linearly. Since
Hs permeates the membrane rapidly compared to other
components, the permeate stream has higher Hy purity



than the feed stream. Simulation results also demonstrate
that the purity of Hs in the permeate is lowered at a high
stage cut, whereas the levels of other components become
increased. Despite the elevated Hs concentration in the
permeate, it might not be sufficiently high for industrial
applications. This implies that a multistage membrane
configuration might be needed to meet quality standards.
Conversely, CO5, CH4 and CO become concentrated in
the retentate. When an Hs selective membrane process is
followed by syngas production, the separated COs could
be of low purity both in the retentate and permeate. This
suggests that further COs purification is required if the
captured COs is to be recycled and utilised elsewhere.
Nonetheless, it should be mentioned that the aforemen-
tioned results are for a single module process with an Hy
selective membrane. The resultant concentrations of Hs
and CO5 might vary significantly depending on the type
of membranes, process design and operating conditions,
which is addressed later.

3.8 Parametric Simulation Results

Figs 4, 5 and 6 present simulation results under a wide
range of permeance, selectivity and mass transfer coeffi-
cient. The range of parameter values is chosen based on
the literature (Scholes et al., 2010; Adhikari and Fernando,
2006; Lu et al., 2007).

First of all, the effects of age and sps,c02 on a stage cut
and Hy and COs purities in the retentate and permeate are
analysed, shown in Fig 4. sg9/cny, Su2/co and k are kept
to be constant at high values. For the simulated conditions,
achieved stage cuts range between 2.0 and 83 %, highly
affected by Ho permeance. It can be seen that a high purity
of Hy in the permeate over 99% can be achieved at high
ame and syp/coz- Patterns of COg purity in the permeate
shown in Fig 4c are similar to those of Ho, with an inverted
distribution. In the retentate, CO5 becomes concentrated
to 20 to 53 mol% depending on the membrane properties.
An interesting finding is that gas purities in the permeate
seem to be more influenced by spg2,c02, while those in the
retentate appears to be more sensitive to a change in ays.

Fig 5 show simulation results for a COy selective mem-
brane with varied acos and scog/me at the fixed
Scoz/cHy» Scoz/co and k. Stage cuts are predicted to be
between 13 and over 99% for the simulated conditions. The
predicted patterns are significantly different from those for
an Hy selective membrane; A higher purity of Hs than its
feed concentration is obtained in the retentate, achieving
up to 91%, although an extremely low Hy concentration in
the retentate is observed at low sco2,m2 and high acog,
as in Fig 5d. This is because in such conditions the amount
of both CO5 and Hy permeating through the membrane is
substantial, which leads to concentrated CH4 and CO in
the retentate. On the other hand, COs is concentrated to
20 to 70 mol% in the permeate stream. This suggests that
it would be possible to accomplish over 90% purity of COq
if membrane and process designs are adequately selected.

Finally, aps and k are simultaneously varied while all
selectivity parameters are fixed to 100. It appears from Fig
6a that a stage cut is more sensitive to apge than k at low
ape, whereas the impact of £ becomes more pronounced
at high aye. Similar distributions can be found for Hs and

CO2 concentrations in the retentate. As gas permeance
increases, concentration polarisation becomes aggravated,
which results in declined permeate flux. Therefore for a
high permeance membrane, it is important to carefully
select membrane modules and operating conditions for
enhanced mass transfer. Since the selectivity parameters
are chosen to be high for all components, over 96% purity
of Hy in the permeate can be achieved for all simulated
ranges. The effects of concentration polarisation can be
seen more clearly in Figs 6b and 6¢; when mass transfer
is poor, i.e., k = 1 x 1077 m/s, Hy purity in the permeate
ranges between 99.6 and 96.5% for low permeance and high
permeance membranes, respectively. However, at high k,
k=1 x 1073 m/s, the discrepancy is almost negligible at
99.6 and 99.2% for low permeance and high permeance,
respectively. Nonetheless, the influence of k& on separation
efficiency is believed to be less marked than permeance
and selectivity parameters.

4. CONCLUSIONS AND FUTURE WORK

A number of computational simulations are performed us-
ing the reliable mathematical model developed in this work
in order to investigate the effects of membrane properties
and feed flowrates on Hy and COs separation efficiency
after syngas production for the purpose of blue hydrogen.
In the future, a detailed sensitivity study will be carried
out for a multistage membrane gas separation process to
identify critical design and operation parameters. Model-
based optimisation will be followed to find the optimal
process design and operation strategy for improved sepa-
ration performance and reduced cost.
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