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RISER DESIGN IN FOAM FRACTIONATION
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The growth of biotechnology has led to renewed interest in the possibility of enriching
valuable bioproducts using foam fractionation. This is a separation process in which
surface active molecules are separated from a solution by sparging through bubbles of
gas. Adsorption of such molecules at the gas/liquid interface causes enrichment in the
foam formed above the liquid pool. Previous work has shown that liquid flow and
mixing in the foam riser are crucial features determining the degree of separation.
Theoretical considerations suggest that diffusion in the Plateau borders of the rising
foam is the principal cause of mass transfer between the rising liquid and the
reflux. This diffusion is one element of the well-known Taylor dispersion, and it
enhances enrichment in the riser. An experimental study has measured the velocities
of the counterflowing streams within a riser, and the axial dispersion. Fitted dispersiv-
ity values are similar to those previously published. Further modelling of the dis-
persion processes will enable these experimental values to be related to the
enrichment within the riser, enabling confident design and control of foam fraction-
ation columns.
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INTRODUCTION

Foam fractionation was developed in the 1960s as a process for separating surface active
agents (surfactants) from solution. The process can also be used to separate a variety of
other molecules which bind to surfactants. Lemlich (1972a) provides an overview of its
development and context.

Batch foam fractionation, shown in Figure 1, consists of a pool of surfactant solution
in a vertical column through which gas is sparged. Surfactant molecules adsorb to the gas-
liquid interface as bubbles rise through the pool, making a foam which flows up the riser.
Interstitial liquid drains from the films between the bubbles (lamellae) into the junctions of
the lamellae (Plateau borders), and drains down the network of Plateau borders, which are
interconnected at vertices, back into the pool. Foam collected from the top of this column
contains gas, bubble surfaces onto which surfactant is adsorbed, and some of the initial
solution in the interstices. Thus, collapsing the foam and releasing the gas results in sur-
factant solution (foamate) greater in concentration than the initial solution. Figure 1 shows
a mechanical paddle foam breaker, but other technologies also exist (Barigou, 2001). The
enrichment is the factor by which the initial solution concentration is increased in the
foamate, which can often be several orders of magnitude.

The growth of biotechnology has revived interest in the use of foam fractionation as
a product enrichment stage. The high value of some bioproducts demands optimal foam
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Figure 1. Batch foam fractionation, with schematic detail of foam structure

fractionation performance, requiring advanced features such as reflux, multiple stages and
continuous operation. This paper presents a theoretical model, and novel experimental
measurements of foam dispersion. Our objective is to be able to design and operate
better equipment, based on knowledge of the actual mechanisms occurring.

MODELLING COUNTERFLOW FOAM FRACTIONATION

PROCESS OUTLINE

As the batch separation shown in Figure 1 progresses, enriched surfactant is collected as
foamate. Eventually there will be insufficient surfactant to create a stable foam, since the
concentration in both the liquid pool and the foamate decreases with time, a characteristic
typical of batch fractionation. Figure 2 illustrates two possible modes of continuous oper-
ation, following the outline proposed by Lemlich (1972b). The simple mode introduces a
continuous flow through the liquid pool; separation is achieved by the same adsorption and
drainage process as in batch operation. The counterflow mode feeds a reflux of enriched
foamate back into the riser. The enriched solution flows down the network of Plateau
borders and vertices and mixes with the original interstitial solution. The mixing of the
enriched falling stream with the rising stream increases the concentration of the rising
stream, thus increasing the enrichment over the riser. The counterflow mode is usually
operated such that the volumetric fraction of liquid in the foam (holdup) is constant
(except near the bottom) and thus the falling stream flow rate is equal to the reflux.
Other aspects of foam behaviour, such as coalescence and coarsening, are assumed to
be negligible.
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Figure 2. Modes of continuous enriching foam fractionation operation (Lemlich, 1972b)

Figure 3 shows how surfactant is transported in the riser by three processes. (i) The flow of
surfactant adsorbed on to the interface, I'A, where I is the surface concentration and A is
the interfacial area flow rate up the riser. The surface concentration is in equilibrium with
the interstitial liquid, but often reaches a constant saturation level when the interstitial sol-
ution is over the critical micelle concentration (CMC) and in this paper I' is treated as a
constant. (ii) The flow of surfactant in the rising stream, Vyco, where Vj is the rising
stream flow rate and ¢ is the surfactant concentration in the rising stream. (iii) The
flow of surfactant in the falling stream, Vycy, where the flow rate Vj is the same as in
the rising stream because the riser is operating at total reflux in this case. c; is the surfac-
tant concentration in the falling stream.

Figure 3(a) illustrates the mixing stage approach to modelling the riser (Lemlich,
1972b). Over the height of a mixing stage the streams are perfectly mixed, resulting in
exit streams of equal concentration, ¢, = c,. Each subsequent stage increases the
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(a) Theoretical mixing stages (b) Mass transfer analysis
Figure 3. Analysis of top section of riser for counterflow mode operating with total reflux
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mass transfer from the falling stream to the rising stream, so that the greater the number of
stages the greater the enrichment. The total number of mixing stages in a riser N is

COtop dC
N = [ G0 (1)
J copotiom €01 CO(m—1)

Darton et al. (2004) found between 4 and 10 mixing stages in a riser 140 mm tall. The
mixing stage approach offers a useful way of establishing design correlations, but is inher-
ently empirical.

Figure 3(b) illustrates the physical processes occurring over an element of the riser
height, z. Within this element the change in concentration in the rising and falling streams
is represented by a mass transfer of surfactant at rate 1. A model of mixing between the
rising and falling streams is required in order to estimate this mass transfer rate, which
requires consideration of the dispersion processes occurring in the foam.

DISPERSION WITHIN FOAMS

Work by Stevenson et al. (2003) and Lee et al. (2005) has addressed the dispersion pro-
cesses occurring within foams. Stevenson et al. injected a fluorescent tracer into a foam,
and tracked its motion, although they do not report values of dispersivity. Lee et al.
contend that the introduction of excess liquid volume with the tracer will lead to capillary
suction within the foam, masking the dispersion processes which are of interest. They
avoided this problem by injecting a tracer of suspended particles or dye into the flow of
a forced drainage experiment. This introduces no excess liquid volume, thus avoiding
effects of capillary suction.

Lee et al. discuss four possible modes of dispersion within a foam: (i) geometrical
dispersion as the flow makes its way through the many Plateau border paths, (if) mixing at
the vertices, (iif) convective dispersion due to the velocity profile across Plateau borders,
and (iv) diffusive dispersion due to the concentration profiles across Plateau borders. They
argue that modes (i) and (iii) would lead to sharp increases in concentration as the flow
front passes a point on the riser, as opposed to modes (ii) and (iv) which would lead to
Gaussian distributions. They report measurements of Gaussian profiles and thus conclude
that modes (7) and (ii7) are negligible. Furthermore, they argue that mode (if) will cause the
dispersion to be dependent on bubble radius, whereas mode (iv) will not. They report
measurements of diffusivity which are independent of bubble radius, and thus conclude
that mode (ii) is also negligible. Thus mode (iv), diffusive dispersion due to the concen-
tration profile in Plateau borders, is the dominant mode of dispersion in foams, they
conclude. Further work will be required for these results to be verified.

Dispersion modes which tend to mix randomly in an axial direction lead to the
concentration profile being of the well-known form for open systems,
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where ¢ is the normalised concentration, D, is an axial dispersion coefficient,  is the time
since the tracer was introduced, z is the distance along the riser from the point where the
tracer was introduced, and v, is the average liquid velocity relative to the riser wall.

Figure 4 shows the cross section of a Plateau border which, for illustrative purposes,
is considered to be vertically aligned and of circular cross section with radius R. A para-
bolic velocity profile, v, is shown over the radial direction, r, of the channel for the case of
counterflow foam fractionation. At total reflux the rising stream flow rate is equal to the
falling stream flow rate (there is no net liquid flow up or down). Thus, the average
liquid velocity relative to the bubbles (this velocity is downwards), v, is equal in magni-
tude to the upwards velocity of the bubbles relative to the riser, v, given by,

G G
V= N —— 3
T — PAwt Acol ®

where G is the volumetric gas flow rate, A, is the riser cross-sectional area and ¢ is the
liquid holdup. With this arrangement, both the average velocity of the rising stream, v, ,,
and the average velocity of the falling stream, v. ¢, will be equal in magnitude to half the
average liquid velocity relative to the bubbles.

Diffusion due to the concentration profiles across Plateau borders would appear to
be the principle mass transfer process in this counterflow arrangement. Diffusion across
the velocity profile of a fluid flowing in a pipe is a component of Taylor dispersion
(Taylor, 1953), which reduces axial dispersivity. In our case this diffusive dispersion
serves to mix surfactant between “rising” and “falling” liquid streams in the Plateau
Borders, and enhances enrichment. We note that the axial dispersivity in Taylor dispersion
varies inversely with the molecular diffusivity. If Lee et al.’s (2005) conclusion that there
is negligible mixing at the vertices can be confirmed, then an approximate physical model
of foam fractionation may be developed based on an equation of the form,

i = ka, L= 0 4)
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Figure 4. Plateau border flows at total reflux represented as parabolic flow in a rising circular
channel
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where the mass transfer rate is proportional to the product of the transfer area within the
Plateau borders in the riser element, A,, and a characteristic concentration gradient
(¢1 = ¢o)/rpp. Plateau border geometry is such that the radius of curvature, rpy, is equal
to the width (see Figure 1). The coefficient k£ will be a function of the surfactant diffusivity.
The results of Lee et al. are significant in that if just one mode of dispersion is dominant,
then values of D4 obtained by fitting Equation (2) to experimental data may be used to
deduce values of k. The situation would be more complex if significant dispersion also
occurs at the vertices.

EXPERIMENTAL METHODS
The general approach of Stevenson et al. (2003) was employed to measure the dispersivity
in foams over a range of gas flow rates. A glass foam fractionation column of circular cross
section (Figure 6) was operated in counterflow mode, nominally at total reflux. A glass
cylinder was attached 20 mm below the top of the riser to allow for an overflow pool to
form. A glass cap allowed foam to flow through holes in the top towards a rotating
paddle foam breaker, and allowed liquid to flow through holes at the bottom, over a
weir, and back into the riser. Air was sparged through a sintered glass block to create
the bubbles. Sampling points were spaced at 50 mm centres on the side of the riser.
Aqueous cetylpyridinium chloride (CPC) solution was pumped through the liquid
pool in order to maintain a constant concentration of 0.35 mM, and air was sparged at
rates between 0.4 and 0.7 L min~'. CPC has a CMC of 1 mM and the saturated surface
excess has been calculated at 2.64 x 10~° mol m > (Aubourg et al., 2000). The pool at
the top of the column was filled with 0.35 mM solution prior to operation. The column
was left to run for approximately 40 minutes, by which time measurements of concen-
tration within the riser suggested reasonably steady operation had been achieved.
Stevenson et al.’s (2003) method of injecting a fluorescent tracer was attempted, but
the brightness of tracer fluorescence within the riser was too low to allow observation.
Instead a 50 ml volume of 50 mM salt solution was injected into the centre of the riser
over approximately 3s. Conductivity probes, illustrated in Figure 5, were used to
measure the conductivity of the foam. The 5 mm diameter stainless steel conductors
were held 2 mm apart and spanned the width of the riser. It was assumed that the conduc-
tivity over the probes was proportional to the mean salt concentration of the foam between
the conductors.

Two stainless steel rods 2mm apart which span column diameter Connected to conductivity meter
Figure 5. Conductivity probe
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Figure 6. Column arrangement for dispersion experiments (with dimensions in m) showing
conductivity profiles for G = 0.7 1/min

The salt solution was injected at position f (see Figure 6), 14.5 mm above the liquid
pool surface, and the conductivity was measured 50 and 100 mm above and below this
point. The response at sampling points g and h (above the injection point) were measured
in one experiment, while the response at sampling points d and e (below the injection
point) were both measured in a separate experiment.

The conductivity readings were adjusted to account for the baseline foam conduc-
tivity, and then the profiles were normalised to have unit area. The average stream
velocities, v, and v, i, and the axial dispersivity, D, were deduced by fitting these profiles
with equation (2) using the least squares method.
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RESULTS AND DISCUSSION

A stable foam was formed in the riser with bubbles observed to be approximately 0.5 mm in
diameter. These bubbles proved difficult to break, causing a thick secondary foamate to form
around the foam breaker. Furthermore, the liquid level in the pool of foamate at the top of the
column, which was intended to flow over the weir as reflux, tended to fall throughout the
experiment. Pearson (2004) reported similar behaviour, and it is presumed to be due to capil-
lary suction. Consequently, the target total reflux condition was only approximately
achieved. Suitable conditions were achieved for dispersion experiments to be conducted,
but reliable mass balances of surfactant over the column were not possible. The liquid
holdup was measured to be approximately 0.1 immediately above the pool, which
dropped to a constant value of approximately 0.02 at a foam height of 100 mm and above.

Normalised conductivity measurements are shown in Figure 6. A delay was
observed before any conductivity was measured, which corresponded to the expected
arrival of the flow front given by v;/Az. The counterflow effect is clearly demonstrated.
In effect, both the rising and falling streams were dosed with tracer at the same point in
space and time. The flow of the tracer along each stream in opposite directions relative
to the riser is apparent with dispersion increasing as the flow progresses.

Fitted values of dispersivity and counterflow velocity (v, = |v.¢| = |v.|) are pre-
sented in Figure 7. Experimental and fitting inaccuracies lead to significant scatter
within the data, although it is not much more than that reported by Lee et al. (2005),
whose experiments were more conveniently designed. Repeat experiments yielded fitted
parameters which were typically within 10% of previous values.

Figure 7(a) shows that the fitted dispersivities increased as the average liquid vel-
ocity relative to the bubbles increased. Lee et al. (2005) reported dispersivities in their
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Figure 7. Plateau border flow characteristics against mean liquid velocity
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forced drainage experiments increasing in a power law relationship from
5x 107 °to8 x 10 °m?s ™! as the average liquid velocity increased from 0.003 m s~
t0 0.02 m s~ '; their correlation is shown in Figure 7(a). The fitted dispersivities are in
broad agreement with those of Lee et al., the slightly higher values perhaps being a con-
sequence of capillary suction effects. Their forced drainage arrangement did not create the
counter flow used in our experiments, so close agreement between the dispersivities is not
necessarily expected.

Figure 7(b) shows that the fitted counterflow velocities were comparable in both
rising and falling streams. This indicates that, on average, the rising and falling streams
occupy equal proportions of the Plateau border cross-sectional area. The counterflow vel-
ocity was found to increase linearly with the average liquid velocity. The trend displays a
gradient of 0.369 when fitted through the origin by the least squares method. The flow
scheme suggested in Figure 4 for parabolic flow in a circular channel gave the counterflow
velocity to be half the average liquid velocity. This scheme was chosen for illustrative con-
venience, so the agreement is reasonable. More detailed consideration of actual Plateau
border geometry and velocity profiles might arrive at a gradient closer to that found
experimentally.

These experiments show that the axial dispersion and average velocity of both rising
and falling streams can be measured in a counterflow foam fractionation riser. Improved
experimental techniques, particularly with respect to the foam breaking mechanism and
the design of the top liquid pool, will enable more accurate results to be obtained.
Further theoretical consideration of the dispersion modes is required before fitted dis-
persion coefficients can be related to the mass transfer processes between the counterflow
streams, but once achieved, a physical model of foam fractionation column design and
operation will be obtainable.

CONCLUSIONS

We conclude that diffusion in the Plateau borders appears to be the principal cause of mass
transfer between the rising liquid and the reflux in the foam riser. This diffusion is one
element of the well-known Taylor dispersion, and it enhances enrichment in the riser. It
has been shown to be possible to measure the axial dispersivity and the average velocities
of the counterflowing streams in a riser. Both of these broadly followed the trends
expected from other studies in the published literature. Mixing at vertices in the foam,
and perhaps other mechanisms, require further investigation. Further theoretical work is
also needed to incorporate this understanding in a model of the transfer processes in the
riser, in order for us to achieve our goal of being able to design and operate better
equipment.
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