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Abstract

Three-dimensional gas-liquid simulations in a cylindrical bubble reactor with an external loop
were performed. The effects of average bubble size, bubble size distribution and gas inlet plate
geometry were evaluated. The population balance models of Luo and Svendsen [6] and Prince and
Blanch [9] were used in order to simulate the breakup and coalescence effects, respectively. The drag
force was modeled using the Ishii-Zuber model, which takes into account bubble deformation effects.
The k-epsilon turbulence model was applied only for the continuous phase and the dispersed one was
considered laminar. Lift, Magnus and added mass forces were neglected. Simulations at different
superficial gas velocities were performed using two different inlets: a uniform and a perforated plate
entrance. Breakup and coalescence effects were studied only for the uniform gas inlet geometry and
the particle size distribution was obtained using a probability density function. Results show that the
approach used in this work provided physically consistent results with transient effects in the column.
Good agreement of the time-averaged gas holdup with experimental data on gas holdup available in
the literature was obtained. It was found that the simulation approach used in this work was able to
capture the complex transient fluid dynamics in bubbly flows.

Introduction

Bubble column reactors are found in many applications in chemical reaction engineering. They
are encountered, among others, in biochemical process and slurry reactors for Fischer-Tropsch
synthesis [7]. One of the main characteristics that determine the proper performance of a bubble
reactor is the fluid dynamics inside the column, which is very complex since it is highly turbulent
multiphase flow with chaotic dynamics [2].

However, the use of the adequate available tools can be very important in developing scale-up
strategies and for the understanding of its flow behavior. Due to the arising of high speed computers
and the advancement of numerical techniques, numerical studies of bubbly flows have increased.
These numerical techniques are now capable to perform three-dimensional simulations of multiphase
flows in complex geometries.

Gas-liquid fluidization systems operate by the injection of the gas phase in the bottom of a
column filled with liquid. This operation depends on several factors such as fluid physical properties,
column dimensions and inlet gas velocity. There are basically two kinds of flow regimes: the
homogeneous and the heterogeneous. The homogeneous flow regime is characterized by low
superficial gas velocity, and the bubbles are nearly uniform in size and shape, where bubble breakup
and coalescence are considered to be insignificant. On the other hand, in the heterogeneous flow
regime, where the superficial gas velocity is high, it is observed higher turbulence, inducing bubble
break up and coalescence; in this case, models that are able to capture these phenomena are necessary.



Computational fluid dynamics (CFD) studies have been carried out aiming the scale-up of
slurry reactors [11], the modeling of the churn-turbulent flow regime, the presence of catalyst through
three-phase flow simulations [8], the break up and coalescence of bubbles [3], the mass transfer [13]
and chemical reactions [11], among others. However, there are important issues that have been
investigated and a consensus has not been achieved. Studies can be found in evaluation of columns of
different sizes in order to test and obtain scale-up correlations based on CFD simulations [4], as well as
the effect of gas sparger [1], drag modeling and internals [10].

In the present work, it is showed a three-dimensional gas-liquid simulation in a cylindrical
bubble reactor with an external loop using the Eulerian-Eulerian approach. The commercial CFD
package CFX 11 from ANSYS, which uses the finite volume method to solve the discretized system of
equations that represents the flow, was used. The aim of this study is to present the effects of important
parameters in CFD simulations, such as bubble size and geometrical modeling of gas sparger.

Results have shown that the approach used in this work provided physically consistent results,
showing the transient effects in the column. Good agreement of time-averaged gas holdup with
experimental data of gas holdup available in the literature was obtained. It was found that the
simulation approach used in this work was able to capture the transient fluid dynamics.

Mathematical Modeling

The equations used to describe bubbly flows in the present work are the mass and momentum
conservation equations, which consider the interaction between the phases using an Eulerian-Eulerian
approach, given respectively by
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Here, p is the density, ¢ is the volume fraction, U is the velocity vector, p is the viscosity and M, are
the interphase forces, which are the sums of all forces:
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where a and P indicate continuous and dispersed phases, M is the drag force, M, is the lift force,

My" is the wall lubrification force, M. is the virtual mass force and My is the turbulence

dispersion force. In this study only the drag force, which is the main interphase force affecting the
bubble column flow, was considered. The mathematical term is given by
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where Cp is the drag coefficient and A, = 6r,/d, is the interfacial area per unit of volume of an
ensemble of particles of diameter d, and volume fraction r,. The expression for the drag coefficient
varies according to the multiphase system. In this work, the drag force model used was the Ishii-Zuber
model, which considers the bubble deformation:
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The turbulence model used was the standard k-epsilon, which was used only for the continuous
phase. This model was chosen since it has been recognized to provide satisfactory results in bubble
columns flow simulations [5]. The parameters values of C,= 0.09, C,= 1.44, C,,= 1.92, ,= 1 and

o,= 1.3 were used.

The MUSIG model was used for modeling the bubble size distribution. The population balance
discretized equation in this model is written as:
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Defining the size fraction as f; =r, /r,, r, is the volume fraction of the i-group; r, is the
bubbles total volume fraction; x'is the position component; and S, is the source term, which contains
the rates of bubble birth and death due to the breakup and coalescence:
S;=Bp =Dy + B, = Dy (11)

The contributions to birth and death due to the breakup and coalescence processes are given
respectively by
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where g(v,;v;) is the specific breakup rate, O(v, v, ) is the specific coalescence rate and X ; is the

fraction of mass due to coalescence between the jth and the kth groups which goes to group i.
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In this work the Luo and Svendsen breakup model was used to describe the bubble breakup.
The breakup rate is written as
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Here, F,is a calibration coefficient, =2 and &is the dimensionless size of eddies in the inertial
subrange of isotropic turbulence:
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di
. 1s the continuous phase eddy dissipation rate, v, is the continuous phase kinematic viscosity and

o is the surface tension coefficient.

For the coalescence process, the Prince and Blanch model was used, which models the
coalescence by a collision rate of two bubbles and a collision efficiency relating to the time required
for coalescence:
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where n; is the collision efficiency; 7, is the time required for coalescence; 1, is the actual contact

time during the collision; /,is the initial film thickness and 7%, is the critical film thickness when the
bubble rupture occurs, which are chosen as 1.10* and 1.10®°m respectively; and r, is the equivalent

radius.
The expressions for the collision contributions due to 65 turbulence and egbuoyancy are

shown below; the share contribution 9; is neglected:
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where: S, =%( d,+d;)? is the interfacial area, u, =+2¢/°d)"* is the turbulence velocity, F, and

F,p are calibration factors and U, =[(2.140/p.d;) +0.505 gdi]m.



Simulation Set up

The geometry used in this work consisted in a cylindrical bubble reactor with an external loop,
as shown in Figure 1. The mesh used contained approximately 55 thousand control volumes, which
were chosen after performing mesh independence tests. The results were compared with the
experimental data of Wang, [12], who presented data for a column height of 4.6m.

Figure 1: Bubble column reactor and mesh.

Simulations were performed considering air and water at 25°C as dispersed and continuous
phases, respectively. The column was assumed to be initially filled up to a height of 5 m. Non-slip
conditions were adopted for both phases and for the time step, a step function was used from 0.00001
to 0.01s. A mean bubble size of 4mm was used. Two kinds of inlets were tested: one uniform and the
other with a gas distributor with 133 holes, each Imm in diameter; the former referred to a sintered
plate entrance and the latter to a perforated plate entrance in the experimental system. Gas superficial
velocities of 0.008, 0.016 and 0.032 m/s were simulated for both geometries. The tests referring to the
breakup and coalescence phenomena were achieved only with the uniform inlet and the air superficial
velocity of 0.032 m/s. For the test with the population balance models, air was assumed to be the
polydispersed phase, with six bubble size groups varying according to a probability density function
[12]. The bubble diameter is shown in Table 1.

Table 1: Bubble groups used in population balance simulations

Group 1 2 3 4 5 6

Diameter (mm) 0.5 1.5 2.4 33 4.2 7.0

For the initial condition, bubble group 2 was considered as 1 because of the correlation
proposed by Chen, [3], in which the bubble diameter at the inlet is a function of the orifice diameter
given by dy = 2.9(0.d0/p1g)1/ 3. where d, is the bubble diameter, o is the surface tension coefficient, p; is
the liquid density and do is the orifice diameter, considered to be 30pum, which is the average pore size
of the sintered plate used in the work of Wang, [12]. All simulations were performed in a commercial
CFD package, CFX 11 from ANSYS; in all tests real-time simulation was approximately 200 seconds.



Results and Discussion

For the gas superficial velocity of 0.008 m/s (Figure 2), it is observed that the simulation results
for the uniform gas entrance were in good agreement with experimental data; however, for the
perforated plate case, simulations show an increase in the gas holdup near the wall, which is not

corroborated by the experimental data.
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Figure 2: Gas holdup at 0.008 m/s

In Figure 3 it is shown the gas superficial velocity of 0.016 m/s. Here, different behaviors are
observed for the two inlets; for the uniform inlet a uniform radial profile is noted, whereas for the
perforated plate lower values of gas holdup near the wall are observed. For both gas entrances,
simulations were in qualitative agreement with experimental data.
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Figure 3: Gas holdup at 0.016 m/s

For the case in which the gas superficial velocity was 0.032 m/s showed in the Figure 4 is
observed a decrease in gas holdup near the wall for both geometries. In this case, good agreement was
obtained for the perforated plate distributor.
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Figure 4: Gas holdup at 0.032 m/s

It was also evaluated the liquid axial velocities, where experimental data were not available.
Liquid axial velocities were analyzed at three different heights in the column with the uniform and the
perforated plate entrances at gas superficial velocities of 0.008; 0.016 and 0.032 m/s as shown in
Figures 5, 6 and 7 respectively.
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Figure 5: Liquid axial velocity at 0.008 m/s

At the gas superficial velocity of 0.008 m/s, the case with the gas distributor (Figure 5b)
showed higher velocity values near the wall at the top of the column. For both cases higher velocity
values near the wall were also observed at H=0.8m.
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Figure 6: Liquid axial velocity at 0.016 m/s

At the gas superficial velocity of 0.016 m/s (Figure 6), the obtained profile from the middle to
the top of the column is almost constant, with the higher liquid axial velocity near the entrance of the
gas.

For the case with the higher gas superficial velocity studied, shown in Figure 7, it also can be
observed that only the profile at the bottom of column showed an increase from the center to the wall,
as showed at the gas superficial velocity of 0.016 m/s.
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Figure 7: Liquid axial velocity at 0.032 m/s

In all cases studied, liquid axial velocity profiles did not show dependence on the radial
position for the uniform entrance and exhibited small variations for the perforated plate entrance only
at the bottom of the column. The liquid axial velocity profiles were qualitatively similar, varying in
magnitude due to the different values of the gas superficial velocity at the entrance.

Break up and coalescence models were evaluated at the gas superficial velocity of 0.032 m/s

for the uniform entrance. It was considered six different bubble sizes and the size fraction of each
diameter is shown in Figure 8.
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Figure 8: Bubble groups

It is noted that the bubbles of the group 1 are concentrated in the center of the column mostly at
the bottom and in the recirculation zones of the external loop. The size fraction profiles of size groups
2 to 5 are similar; the bubbles are more concentrated at the center of the column and at the external
loop. For group 6, bubbles appeared regularly at the center of the external loop, as well as at the top of
the column, where initially there is only air, and at the bottom near the gas entrance.

The comparison between experimental data, simulation with a mean bubble diameter, and
simulation with the bubble size distribution is presented in the Figure 9.
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Figure 9: Gas holdup at the 4.6 m height

It is noted that the breakup and coalescence models underpredicted the average gas holdup in
the region close to center of the column, whereas the gas holdup prediction is similar to that without
the population balance models in the region close to the column wall. Although that homogeneous
flow regime would be expected for an air/water system at the gas superficial velocity of 0.032 m/s,
effects on the flow field due to the population balance modeling can be observed.



In Figure 10, gas holdup profiles for both regimes are shown. A higher concentration of air at
the external loop is observed when the population balance was used. Further studies are currently
being performed in the heterogeneous regime.
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Figure 10: Gas holdup profiles

Liquid axial velocity profiles were compared only with the ones obtained with a mean bubble
size, since experimental data is unavailable as mentioned before. Figures 11, 12 and 13 show the liquid
axial velocity profiles at 0.8; 2.4 and 4.6 m of height respectively and 0.032 m/s of gas superficial
velocity.
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Figure 11: Liquid axial velocity at 0.8 m
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Figure 12: Liquid axial velocity at 2.4 m
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Figure 13: Liquid axial velocity at 4.6 m

It is observed that the data in which the break up and coalescence models are applied are in
qualitatively agreement with the ones without consideration of the population balance. It is also noted
that all profiles obtained with the break up and coalescence phenomena underpredicted the average
liquid axial velocity along the radius of the column for all the heights measured.

Conclusion

This article presented gas-liquid flow CFD simulations in a cylindrical bubble reactor with an
external loop, where the effects of different kinds of inlets and the influence of the implementation
breakup and coalescence models were evaluated. The results of gas holdup corresponding to the
different inlet types show good agreement with the experimental data. Axial velocity profiles obtained
numerically did not show a considerable influence of the gas sparger. In evaluating the break up and
coalescence models the results showed a decrease in the gas holdup at the center of the column, and
the liquid axial velocity profiles were smaller along the column height when compared to simulations
without break up and coalescence effects, showing the influence of the population balance
implementation.
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