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Abstract: Interaction between design and control for gas-phase adiabatic tubular reactor with liquid recycle is 
studied. This generic bimolecular reaction, A+B→C, has two important features: (1) stoichimoetiric balance has 
to be maintained and (2) reactor temperature plays an important role in design and operability. More importantly, 
it represents a large class of important industrial processes. Optimal reactant distribution can be obtained 
directly form the simplified TAC equation and effects of kinetics parameters and relative volatilities on this 
optimality are also explored. The results show that an increased reactor exit temperature leads to a more 
controllable optimal design while a high activation energy results in a less controllable one. For the operability 
analysis, two control structures are proposed with three different combinations of TPM. The control structure 
using the reactor inlet temperature as TPM gives good control performance when the reactant distribution is 
held constant. However, potential problem may arise as the result of high reactor exit temperature (Tout). For the 
case of biased reactant distribution, the reactant redistribution provides an extra degree of freedom and this 
alleviates the high Tout problem. The results presented in this work clearly indicate that simple material and 
energy balances provide useful insights in the design and control of recycle processes. 
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1. INTRODUCTION 
 

Buckley’s pioneer work on the plantwide control  
has been widely adopted in industry for many years. 
The first step is to lay the “material balance” control 
structure that handles the inventory controls. Then 
“product quality” loops are closed on each of the 
individual units. Since these loops are typically much 
faster than the slow inventory loops, interaction 
between the two is often not a problem. Steady 
development on the dynamics and control of recycle 
processes is also witnessed from 60s to 80s as can be 
seen in Gilliland et al. [1], Verykios and Luyben [2],  
and references therein. Unfortunately, progress in 
plantwide control is hindered by the lack of software 
support. During that incubation period, conceptual 
plantwide control design procedure is formulated, but 
it was difficult to validate such design procedures 
except for limited cases (as a result of extensive 
engineering manpower required for modeling and 
simulation). In early 90s, the increased computing 
power and the advent of dynamic process simulators, 
such as HYSYS and Aspen Dynamics, lead to 
renewed engineering practice.  

Subsequent plantwide control research can be 
divided into two schools. One group tends to provide 
fundamental understanding of the problem [3, 4, 5]. 

 Another group tried to provide a systematic 
procedure for the design of plantwide control 
system[6, 7, 8]. Most of the above mentioned 
literature addresses the control issues. Much less 
work has been done on the interaction between 
design and control. Elliott and Luyben [9] evaluate 
the steady-state design of a ternary system based on 
the total annual cost (TAC) and controllability is 
assessed quantitatively using capacity-based 
approach evaluate different designs using several 
control measures, e.g., relative gain array, and 

relative disturbance gain. These approaches akin to a 
sequential control-design approach. That is 
controllability analysis is an add-on feature to a 
design problem. Luyben et al. [10] analyze the pole 
location of a ternary system using simple dynamic 
reactor model and this provides an insight into 
potential control problem with any given design. 
Chen and Yu [11, 12] extend such approach to the 
design of feed-effluent heat exchangers, heat-
integrated reactors. Cheng and Yu [13] proposed a 
framework for analyzing design and control 
simultaneously. Ternary systems with a bimolecular 
reaction (A+B→C) in a CSTR and separators were 
studied and possible tradeoffs between design and 
control were explored. The objective of this work is 
to extend the approach of Cheng and Yu [13] to 
systems with simultaneous material and energy 
recycles. 
 

2. STEADY-STATE DESIGN 
 
2.1 Process 
 

Consider a recycle process where an irreversible, 
exothermic reaction A+B→C occurs in a gas phase, 
adiabatic tubular reactor. The process flowsheet 
consists of one tubular reactor, one distillation 
column, one vaporizer, and one furnace with two 
heat exchangers which was first studied by Reyes 
and Luyben [14] (Fig. 1). Two fresh feed streams 
F0Aand F0B are mixed with the liquid recycle stream 
D and sent to a steam-heated vaporizer. According to 
the requirement of reaction temperature, the vapor 
from the vaporizer outlet stream is preheated first in 
a feed-effluent heat exchanger followed by a furnace 
to get proper reactor temperature as well as for the 
start-up purpose. The exothermic reaction takes place 



     

in the tubular reactor and the reactor temperature 
increases monotonically along the axial direction 
with the following inlet and outlet temperatures, Tin 
and Tout. The hot gas from the reactor preheats the 
reactor feed in a feed-effluent heat exchanger, HX1, 
and the liquid recycle stream in a second heat 
exchanger, HX2, as shown in Fig. 1. 

After heat recovery, via HX1 and HX2, the 
reactor effluent is fed into a distillation column. The 
two reactants, A & B, are light key (LK) and 
intermediate boiler (IK), respectively, while the 
product, C, is the heavy component (HK).  The 
Antoine constants of the vapor pressure equation are 
chosen such that the relative volatilities of the 
components are αA = 4, αB = 2, and αC = 1 for this 
equal molar overflow system (Table 1). Only one 
distillation column is sufficient to separate the 
product (C) from the unreacted reactants (A & B). 
Ideal vapor-liquid equilibrium is assumed. Physical 
property data and kinetic data are given in Table1. 
The kinetic data are shown in Table1. 

Following Reyes and Luyben [14], the following 
process specifications are used. 
1. The product flow rate (stream B) from the base of 
the column is fixed at 0.12 kmol s-1. 
2. The product purity xB,C is fixed at 0.98 mole 
fraction C. 
3. The reactor exit temperature (Tout) is limited to 
500K at design. 
4. The pressure in the reactor is assumed to be 35 bar, 
and the pressure drop is neglected. 
 
At design, the following assumptions are made. 
1. The minimum approach temperature differences 
for the heat exchangers are fixed at 10 K in HX1 and 
25 K in HX2. 
2. The reflux drum temperature in the distillation 
column is fixed at 316 K (to back-calculate column 
pressure) 
3. Distillation columns are designed by setting the 
total number of trays (NT) equal to twice the 
minimum number of trays (Nmin) and the optimum 
feed tray is estimated from the Kirkbride equation. 
4. The vapor leaving the vaporizer is at its dew point 
temperature, given P=35 bar. 
5. The ratio of furnace duty to total preheat duty is 
fixed at 20% (QF/QTOT=0.2). 
6. The distillate composition of C is fixed at 1%. 
 
2.2 Steady-state design and analysis 
 
  With the given specifications, we can complete the 
steady-state design for any given reactor conversion 
and reactant distribution. The steady-state conditions 
of all streams in the ternary recycle system are 
calculated from balance equations as shown in 
Appendix A. Next, shortcut methods are applied to 
find the minimum number of trays (Fenske equation) 
for distillation columns, locate the feed tray location 
(Kirkbride equation), and size the column diameter. 
The heat transfer areas for the reboiler and condenser 
are also computed from the vapor flow rates. 
 

 
Fig. 1. process flowsheet for the recycle process with 
optimal design. 
 
Table 1. Physical properties and kinetics data for 
steady state design 

 
 
2.2.1 Simplified TAC model. Following the approach 
of Malone et al. [15], the TAC model is linearized.  
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For the purpose of comparison, it is useful to express 
the simplified TAC model in terms of process 
variables, e.g., conversion, reactant distribution, 
relative volatilities, and reaction rate constant. This 
can be done by substituting relevant process 
variables for the equipment size, tray numbers, and 
vapor rates in Eq.(1). From the mass balance 
equation, the total amount of catalyst WCAT (implying 
reactor size, VR) can be expressed as: 
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where B is the production rate, NR is no. of lumps in 
the reactor (NR=50),  Fi denotes molar flow rate in 
each lump, P is pressure in the reactor, yA, yB, yC are 
mole fractions in the reactor effluence stream, -∆H 
denotes heat of reaction. Next, we use Fenske 
equation for the minimum number of trays and set 
the total number of theoretical trays as NT=2Nmin.
Then the vapor rate can be found from the minimum 
reflux ratio( DRV mS )12.1( += ). And the minimum 
reflux ratio equation of Glinos and Malone [16] is 
used. 
  When the conversion (yC) and reactant distribution 
(yA/yB) are given, we can find the TAC immediately. 
 
2.2.2 Optimal Paths. The objective here is to find the 
optimal reactant distribution for different conversion. 
This locus is termed as optimal TAC trajectory. 
Consider the following system parameters: 
production rate B = 0.12 kmol/s, product purity xB,C= 
0.98, reactor outlet temperature Tout = 500 K, 
QF/Qtotal = 0.2, vaporizer outlet stream temperature TV  
= 380 K, column feed temperature TF = 336 K. For a 
given yC, the optimal reactant distribution can be 
found by taking the derivative of the simplified TAC 
(Eq.(1)). First, we substitute yB and yC for yA in the 



     

cost model and, then, take the derivative with respect 
to yB. Since the fractional recoveries are fixed and 
Ki’s are constant. Because of CPA=CPB, the last four 
term of Eq.(1) can be eliminated and  can be 
simplified to: 
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For any given yC, we can find the optimal yB by 
solving Eq.(2) and subsequently optimal reactant 
distribution along the trajectory as shown in Fig. 2. 
Next the TACs along the trajectory are compared and 
the true optimum is thus obtained. Fig. 2 reveals the 
changes of TAC as yC varies and the minimum TAC 
corresponds to yA=0.45, yB =0.42, yC =0.13 with a 
TAC of 4.21×107$/year. Table 2 gives the steady-
state operating conditions for the optimal design. 
Note that, unlike the isothermal operation, the 
optimal trajectory does not reach the pure product 
corner as indicated by the dashed line in Fig. 2. The 
reason is that the lower-end of reactor inlet 
temperature is limited by the vaporizer temperature, a 
constraint imposed by the physical properties of 
reactants A and B. The optimal trajectory (Fig. 2) 
also reveals that, at low conversion, the separation 
cost dominates and a biased reactant distribution with 
LK in excess (yA/yB>1) is preferred, and, as the 
conversion increasing, the reactor cost becomes more 
important and an equally distributed reactant 
(yA/yB=1) is favored. The tradeoffs between reactor 
and separation costs are clearly illustrated in Fig. 2 
for different values of yC along the optimal trajectory. 
 
2.3 Effect of process parameters on optimal path and 
true optimality 
   The analytical expression of Eq.(2) allows us to 
explore the effects of kinetics parameters and vapour 
liquid equilibrium on the optimal trajectory and 
corresponding optimal design. Fig. 2A reveals that as 
the maximum allowable reactor outlet temperature 
increases, the optimal trajectory converges to the 
center line at a larger yC. The reason is that a higher 
reactor temperature leads to a smaller reactor costs 
and this, in turn, reduces the relative cost of reactor 
(compared to the separation cost). Moreover, the 
reactant distribution becomes biased (light reactant A 
in excess) as Tout increases. 

Next the effects of relative volatilities on the 
optimal trajectory are examined. Fig. 2B shows that, 
for fixed reactor outlet temperature, changes in the 
relative volatility of intermediate key (B) from 
αB=1.5 to αB=3 do not produce significant difference. 
Because a larger αB results in a lesser separation cost 
and, therefore, the trajectory converges to center line 
at a lower conversion, but not by much. 

If the heat of reaction increases, the optimal 
trajectory converges faster toward the center line as 
shown in Fig. 2C. The reason is the reactor inlet 
temperature will become lower for system with a 
larger heat of reaction (this can be seen from the 
overall energy as will be discussed in the next section) 
and this in turn will lead to a higher reactor cost. This 
is exactly what Fig. 2C reveals, but the true optimal 
remains at almost the same reactant distribution. 

 
 

 
Fig. 2. Optimal TAC trajectory and design for 
different specifications on (A) reactor outlet 
temperature, (B) relative volatilities, (C) heat of 
reaction, (D) activation energy. 

 
It is well known that chemical reactions with large 

activation energies present difficult control problems 
because of the rapid increase in the reaction rate as 
the temperature increases. It also presents difficult 
reactor temperature control problem when feed-
effluent heat exchanger is installed as the result of 
large reactor gains (Tout/Tin). Fig. 2D shows that, 
from steady-state economic perspective, the relative 
reactor cost will be higher for reactions with large 
activation energy. Therefore, the optimal trajectory 
converges to the center line at a much lower yC value 
and, more importantly, the true optimum is also 
located closer to the center line which implies 
equally distributed reactant. 
    The optimal trajectory can be computed directly 
from Eq.(2) and this facilitates the investigation of 
chemical reactions with different kinetics parameters 
and vapour liquid equilibrium. More importantly, the 
trajectories obtained provided insight to possible 
tradeoffs between design and control for different 
bimolecular reactions. 
 

3. OPERABILITY 
 
  The material and energy balances provide the basis 
for steady-state operability analysis  [13,17]. For a 
simple isomerization reaction, the production rate in 
terms of recycle ratio and subsequently control 
structure can be devised. Similar approach is taken 
for the case of adiabatic tubular reactor. 
   As pointed out earlier, for adiabatic reactor, the 
temperatures (Tin and Tout) play significant role in 
operability and energy balance has to be taken into 
consideration. Without loss of generality, let us use 
one-lump adiabatic tubular reactor to illustrate the 
derivation. The relationship between heat generation 
and the production rate can be expressed as (Luyben, 
2001), and it can be derived from reactor energy 
balance. 
The production rate for adiabatic tubular (actually, 
CSTR) becomes:   
 
 



     

 
Fig. 3. Normalized production rate as a function of 
recycle ratio (RR) for adiabatic and isothermal 
operations. 
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Comparing Eq.(3) with isothermal system, one 
immediately observes a significant difference in the 
reaction rate constant where, for the case of adiabatic 
tubular, it is a function of recycle ratio (RR). Also 
shown in Eq.(3) is that the reactor inlet temperature 
(Tin), the reactor pressure (P), and the distribution of 
the reactant (xDA/xDB) also play visible roles in the 
production rate expression. 

Insights can be gained by examining Eq.(3). Let 
us explore the effects of different design/operating 
variables on the production rate changes. 
 
3.1 Recycle Rates (RR=D/B) 
    Let use kinetics data and reactant distribution of 
the optional design to illustrate the difference 
between isothermal and adiabatic operation. That is: 
Tin = 424 K, P = 35 bar, and xDA/xDB = 0.52/0.47. The 
normalized production per kg of catalyst, B/WCAT, 
can be computed as the recycle ratio (RR) changes. 
Fig. 3 shows a non-monotonic behavior for a wide-
range of recycle ratio. At low RR (corresponding to 
high conversion or large yC), the production rate 
increases as we increase RR. However, the opposite 
behavior is observed at high RR region (low 
conversion). That is B/WCAT decreases with an 
increase in RR and this is the typical results as seen 
in many of Luyben and co-worker examples. The 
reason for that is the temperature effect (Tout of the 
reactor) dominates the concentration effect (at high 
RR region). In other words, a smaller production rate 
will result for an increase in RR for an adiabatic 
reactor at low conversion with high activation energy 
(E) and high heat of reaction (-∆H). This can be 
quantified by taking the derivative of Eq.(3) with 
respect to RR. After some algebraic manipulation, we 
have: 
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Eq.(3) clearly indicates the competing effect between 
concentration and temperature. Note that, for 
isothermal operation, i.e., Treactor=Tin, we have only 
the concentration effect. That is: 
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Fig. 3 also shows the production rate variation for 
isothermal operation and the “snowball effect” is also 
evident at high RR region. 
 
3.2 Reactor Inlet Temperature (Tin) 

The reaction inlet temperature is an ideal 
candidate for the throughput manipulator (TPM) and 
this is especially true for reaction system with high 
activation energy where the RR is relatively 
ineffective. Again, the sensitivity of the production 
rate for a change in Tin can be derived from Eq.(3). If 
the reactant distribution is maintained at the nominal 
value, we have: 

2
,,, out

R

yyWPout TR

EKB
T

B

BACAT

=







∂

∂  (6) 

Eq.(6) clearly shows that from steady-state viewpoint. 
Tin is a good TPM for systems with large E. 
Compared to the isothermal CSTR case, the 
sensitivity is amplified by the reactor gain KR which 
is the sensitivity between the inlet and outlet 
temperature (i.e., KR=∂Tout/ ∂Tin). As pointed out by 
Chen and Yu [11, 12], a heat integrated reactor via 
feed-effluent heat exchanger can easily become 
open-loop unstable for system with a high reactor 
gain (KR). Therefore, controllability problem may 
arise when we try to recover more heat form the hot 
gas of the reactor effluent. Nevertheless, Eq.(6) 
indeed shows that Tin is a good candidate for TPM. 
 
3.3 Reactor Pressure (P) 

In theory, the reactor holdup is also a good 
candidate in handling production rate changes. And, 
for the case of isothermal operation, this forms the 
basis to overcome “snowball effect” as pointed out 
by Wu and Yu [18]. The problem handling capability 
can be quantified the taking the derivative of Eq.(3) 
with respect to the pressure. Thus, one obtains: 
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Steady-state analysis clearly shows the reactor 
pressure is a good choice for TPM. However, for 
gas-phase reactor, interaction between pressure and 
temperature may lead to dynamic problem. The 
thermal inertia may cause significant variation in the 
reactor inlet temperature unless a large gas-phase 
holdup is employed. 
 
3.4 Reactant Distribution 
   Before heaving this section, we would like to look 
at an important design parameter: reactant 
distribution (yA/yB). The reactant distribution in some 
cases represents an important tradeoff between 
design and control as shown in the case 2 Reyes and 
Luyben [14] where we have a bimolecular reaction 
with high activation energy. The optimal TAC 
corresponds to an almost equally distributed reactant 
distribution, but the operability consideration lead to 
a biased reactant distribution (e.g., one of the reactant 
is in excess). Let us consider the case where the 
reactant A is in excess. The sensitivity in the 



     

production rate variation for changes in yB can be 
expressed as: 
(A) 

 
(B) 

 
Fig. 4. Control structure fixing (A) recycle ratio (CS1) 
and (B) reactor exit composition (CS2). 
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It clearly shows that, a small change in the limiting 
reactant B can lead to significant change in the 
production rate and this is especially true when A is 
in large excess. 
 

4. CONTROL 
 
4.1 Control Structures 
 The on-going analysis provides the basis for control 
structure design. Two scenarios are considered. One 
is the optimal design as shown in Table 2 where we 
have a case of almost equally distributed reactant and 
the other case corresponds to a biased reactant 
distribution (also shown in Table 2). Two control 
structures are devised for these two cases. In the first 
case, the recycle ratio is fixed as shown in Fig. 4A, 
denoted as CS1 hereafter, and in the second case the 
reactant distribution is maintained by controlling one 
of the reactant in the vaporizer, called CS2 hereafter 
(Fig. 4B).  
Fig. 4 shows the essential loops for these two control 
structures. 
 
4.2 Throughput Manipulator 

As mentioned in section 3, we have three 
candidate throughput manipulators. One is the 
reactor inlet temperature (Tin) which is denoted as 
CSia, the second one is the reactor pressure (P) 
which is called CSib, and the third one is the recycle 
flow rate which is the control structure CSic. 
Nonlinear dynamic simulations were performed to 
evaluate the effectiveness of different control 
structures. The modeling approach of Reyes and 
Luyben [19] was taken and the nonlinear recycle 
plant was solved numerically using FORTRAN. Two 
different designs are tested.  

 
Fig. 5. Closed-loop performance using CS1 and CS2 
for ∆Tin = +5 K (case 1). 
 

 
Fig. 6. Closed-loop performance using CS1 and CS2 
for ∆P = +1 bar (case 1). 
 

 
Fig. 7. Closed-loop performance using CS1 and CS2 
for ∆D = +5 % (case 1). 
 

 
Fig. 8. Closed-loop performance using CS1 and CS2 
for ∆Tin = +5 K (case 2). 
 



     

One is the optimal design (Table 2) which 
represents the case of almost equally distributed 
reactant (e.g., yA/yB≈1) and the other case explores 
the scenario of biased reactant distribution (e.g., 
yA/yB=2.3). Let us compare the control performance 
of CS1 and CS2 for the case of equally distributed 
reactants. Fig. 5 shows the production rate changes 
for a +5 K increase in Tin. Despite quite similar 
process dynamics (e.g., settled in 4 hours), different 
magnitudes in production rate changes are observed. 
For CS2, it results in 61% production increase while, 
for CS1, only 8.3% production rate increased can be 
achieved. The reason for the smaller magnitude in 
production rate increase for CS2 is that the effect of 
Tin is offset by the re-distribution reactant as shown 
in Fig. 5. This was not seen for CS1 become the 
composition of B is controlled to maintain the 
optional reactant distribution. Similar results can also 
seen when the reactor pressure and recycle flow are 
used as TPM. Also notice that significant change in 
Tout can be seen for CS1 when Tin is used as TPM and 
this may lead to potential problem in practice. 
  Finally, for the case when A is in excess (e.g., 
yA/yB=2.3), exactly the opposite results were obtained 
when comparing CS1 and CS2 (Fig. 4). Again, for a 
+5 K change in Tin, a larger production rate increase 
can be achieved using CS2 (50%) as compared ti that 
of CS1 (67%) while having a lower Tout as shown in 
Fig. 8. The reason is obvious that the redistribution 
of reactants contributes to the production rate 
increase. 
 

5. CONCLUSION 
 
In this work, recycle process with the bimolecular 
reaction, A+B→C, is investigated. The total annual 
cost (TAC) is used to evaluate economic incentive 
for different designs. The simplified TAC facilitates 
the search for optimal reactant distribution under 
conversion. Similar to isothermal CSTR case, the 
optimal TAC trajectory starts form the light reactant 
corner at low conversion (where the separation cost 
dominated) toward the equally distributed reactant at 
a higher conversion (where the reactor cost 
dominated). Optimal design can thus be computed 
given different kinetics and relative volatilities 
provided with cost data. Next, the connection 
between total production and reactor temperature is 
derived analytically. It clearly shows the difference 
between adiabatic and isothermal operation. 
Moreover, the capability in handling production rate 
changes can be evaluated. Subsequently, control 
structures are devised. The results indicate that 
different control structures should be applied when 
the optimal reactor composition varies. More 
importantly, the results show that insight to the 
recycle process with adiabatic tubular reactor can be 
gained form fundamental material and energy 
balances. 
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