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This talk

Simple data-based architectures applies to distillation control

e PID control (feedback)
e Ratio control

e Bidirectional control with selectors
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Ratio control

* Feedforward control without a model y=f(u,d)
e Just process insight

e Example: Food recipe
— 1 part sugar
— 3 parts milk
— 3 parts coffee
— MIX
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Usually: Combine ratio (feedforward) with feedback

Example cake baking: Use recipe (ratio control = feedforward),
but a good cook adjusts the ratio to get desired result (feedback)
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Ratio control combined with feedback

. The correct ratio setpoint is found by
feedback control (VC) based on keeping
the measured controlled variable y at its

desired setpoint y...
So also here no model is needed (just data)

Solid

- & ” ”
- - - - - - - -
Mixing

Viscosity vy

Product

.
-
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Distillation

Chemical Engineering
Research and Design

Trans IChemE,
Part A, January 2007

THE DOS AND DON'TS OF DISTILLATION
COLUMN CONTROL

S. Skogestad*

Department of Chemical Engineering, Norwegian University of Science and Technology,
Trondheim, Norway.

Abstract: The paper discusses distillation column control within the general framework of plant-
wide control. In addition, it aims at providing simple recommendations to assist the engineer in
designing control systems for distillation columns. The standard LV-configuration for level control
combined with a fast temperature loop is recommended for most columns.

At home doing moonshine
distillation (1979)

: & NTNU



0.50 methanol
0.50 water

| @Fs
.
F
Increase feedrate

by 10%

Feed: @

Distillate product:

0.999 methanol
0.001 water

6 indpependent flows (valves):

ok wWNE

Feed F (set F,, disturbance)

Distillate D (top level control)

Bottom product B (bottom level control)
Cooling V; (pressure control)

Reflux L (top composition control)
Boilup V (bottom composition control)

MeCahe-Thiele Diagram for MeOH-Water
Fordd stage: M

apg, = 09900
rs = 00010

~
N

0,00
0.00 0.05 0.10 015 0.20 0.25 0.30 (.35 0.40 045 0.50 0.55 0.60 0.65 0.70 (.75 0.80 085 0.90 095 100
Linuied Fraction of MeOR

- 1
- L] 1
\"\"‘—‘—— ——'—""'J) : : Y Figure 2.1 - MeCabe-Thiele diagram for the water-methanol distillation column.
! Parameter Value
M/ B Number of theoretical stages 40
Feed stage (numbered from top) 34
; Feed flow F 100 kmol/h
&5 1 Feed mole fraction (methanol) 0.50
A : Bottoms product: Feed state Liquid
I i Column pressure 2 bar
' 0.001 methanol Reflux ratio L/D 1.013
-VS : Top product, zp (water) 0.001
i O . 9 9 9 wa te r Bottom product, zg (methanol) 0.001
. : Reboiler type Kettle
' i Vapor-liquid equilibrium model NRTL

Table 1. Nominal operating data for the
methanol-water distillation column
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B2: L/F and V constant
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B4: L/F and V/F constant
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! A S — —— x_D_methanol
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_@_)@!'/ ( F | ]B ... Becuse feedforward




B3: L/F and T constant

L Ve '
@ J@ig Ratio with Cascade
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Bl purities
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Summary
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Fig. 4. Ratio control: Product composition responses for
10% feed flow disturbance with control structures B1,

B2, B3 and B4.
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(F2/F1)s

desired flow ratio)

When should we use ratio control? Fi o F

(Input)

flow disturbance)

Answer: When the scaling property holds such thay fixing the ratio of all extensive variables
(e.g., F,/F,) gives constant intensive variables (y) at steady state.

e Similar to in thermodynamics, the scaling property holds exactly for equilibrium systems:
e Mixing
e Equilibrium reactors
e Distillation

 General: If we have n steady-state independent extensive variables (flows), then we
must fix n-1 ratios.

e Distillation: n=3 (with constant levels and pressure) = Fix 2 ratios




Mathematically: Theory of ratio control

SCALING PROPERTY (steady state):

Scaling all independent extensive variables by X the same factor,

with all independent intensive variables x constant,

scales all the dependent extensive extensive variables Y by the same factor
And keeps all intensive variables y constant

y intensive :  fy(zy, 22, kX1, kX2, kX)) = fylz1, 20, X1, X9, X3)
g o b - &
yi k) Uy

Y extensive : fy(xq, 0, kX1, kX9, kEXa) =k fy(x1, 22, X1, X2, X3)

Y (k) Y




Conclusion ratio control

* It’s a greatideal
— Very simple to implement

— Gives nonlinear feedforward action
 Requires no model, just insight

— Theoretical basis: Scaling principle

* For distillation: Must keep 2 ratios constant

— Or 1 ratio and 1 temperature/composition

— Don’t use ratio control for distillation if one flowrate saturates
— Could use L/D rather than L/F (even when F is the disturbance)




Bidirectional control

* What should we do if B, D, L, V; or V saturates (at max) so that we lose control?
* One solution: «Override» to reduce throughput (feedrate F)

SP SPH SPL
O o
! i v ¥ i i ;
F.S | MIN MIN




Bidirectional control of gas-liquid separator




Bidirectional control of F IV O

distillation _— V a@ﬁi[j

. MIN [€--- Dg
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4 flows may saturate at max: : @ S @‘ "o Ao @

© B NG RN

* D : : CVT I‘ A i _I'- _________ I B
* V;(cooling) | A S— | H o 0
« V (heating) | oM ; @ SLETE
' v /S S Hide = Y Vv
! e T S < , : MIN
L (reflux) never saturates | X [=Vg==> MN P >
' A Ve Diﬂ -
. : Qe cv3
Els v o
E L See=-- QReb==-===+ !
----------------------- EEC

Override if composition
control is lost because
V (heat input) saturates




Dynamic simulation with Aspen

Time Constraint (TPM) Initial New Limit
(h) value

0.5 Fs [kmol/h] 100 140 (+40%)
10 CV3 (bottoms valve) 31.98% 22.39% (-30%)
20 CV2 (distillate valve) 44.90% 31.45% (-30%)
30 QCond [Mcal/h] -0.963

40 QReb [Mcal/h] 1.107

Table 3. Summary of constraint limit changes
that result in activating H-overrides and move-
ment of the TPM in Figure 8.

MIN-selector for feed flow

Y T ~— I/ 7 —
o J | - — 1o
B 100 I I —"TCH B

80 - | | I : —— PCH.D

| | | |
0 10 20 30 60

Time (h)




Levels

21
—— Condenser Level {m)
820 ~~ Sump Level (m)
[ ] [ [ ]
Dynamic simulation |
MIN-selector for feed flow
140 ' — - - !v : 7 — FCF
guo T | \_,‘_7 | W —— 1CHD
Time Constraint (TPM) Initial New Limit % 100 I | V\’—r . N~ —coni n
(h) value 80 : : : i : | \_/ —
D_ 5 FS [km;j]_'.'rh] ]_DD 14'] (+4D%} is i MIN-selector I”nj' Reboiler Duty
10 CV3 (bottoms valve) 31.98% 22.39% (-30%) 20 : : L\
20  CV2 (distillate valve)  44.90% 31.45% (-30%) §i0 - | | i T~ o
N—
30 QCond [Mcal/h] -0.963 ST i ; i i
40 QReb [Mcal/h] 1.107 i ; : Pressure
: : — = I I | |
Table 3. Summary of constraint limit changes g, i | j i —
that result in activating H-overrides and move- gz,, IL ! ' L — st
ment of the TPM in Figure 8. B I i
Product Purity ~
N 4 | i i I I 0.9939 E
£s0 i i i~ i rosea 2
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E 93.0 |= : , , , , .
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Time (h)

Fig. 9. Simulation results for the advanced bidirectional distillation column control scheme in Figure 8. Each vertical
red line signifies one of the five events deseribed in Table 3. Each vertical black line after t=40 h signifies the

activation or deactivation of an override controller.



CONCLUSION
«Data-based» control using Advanced regulatory control

* Simple control elements put together in an archirecture
 No overall process model
e Data (measurements) is the most important

Sigurd Skogestad, ”’Advanced control using decomposition and simple elements‘’. Annual Reviews in Control, vol. 56 (2023)
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> Optimal centralized
Academic process control community fish pond Solution (EMPC)

Simple solutions tha
work (ARC = PID++)

Nitin

S

Pleasey@igsme, | feel a little@lone
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Annual Reviews in Control 56 (2023) 100903

Contents lists available at ScienceDirect

Annual Reviews in Control

journal homepage: www.elsevier.com/locate/arcontrol

Review article 0 )
Advanced control using decomposition and simple elements =

Sigurd Skogestad
Department of Chemical Engineering. Norwegian University of Science and Technology (NTNU), Trondheim, Norway

ARTICLE INFO ABSTRACT
Keywords: The paper explores the standard advanced control elements commonly used in industry for designing advanced
Control structure design control systems. These elements include cascade, ratio, feedforward, decoupling, selectors, split range, and

Feedforward control
Cascade control
PID control
Selective control

more, collectively referred to as “advanced regulatory control” (ARC). Numerous examples are provided, with
a particular focus on process control. The paper emphasizes the shortcomings of model-based optimization
methods, such as model predictive control (MPC), and challenges the view that MPC can solve all control

Override control problems, while ARC solutions are outdated, ad-hoc and difficult to understand. On the contrary, decomposing
Time scale separation the control systems into simple ARC elements is very powerful and allows for designing control systems for
Decentralized control complex processes with only limited information. With the knowledge of the control elements presented in
Distributed control the paper, readers should be able to understand most industrial ARC solutions and propose alternatives and
Horizontal decomposition improvements. Furthermore, the paper calls for the academic community to enhance the teaching of ARC
Hierarchical decomposition methods and prioritize research efforts in developing theory and improving design method.

Layered decomposition
Vertical decomposition

Network architectures
Contents
1. Introduction ..., 3
1.1.  List of advanced control elements.. 4
1.2.  The industrial and academic control worlds.......... 4
1.3.  Previous work on Advanced regulatory control 5
1.4.  Motivation for studying advanced regulatory control... 6
1.5.  Notation 6
2. Decomposition of the control system ......... e B
2.1.  What is control?.........ccoooe 6
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QUIZ
What are the three most important inventions of process control?

 Hint 1: According to Sigurd Skogestad
 Hint 2: All were in use around 1940

SOLUTION

1. PID controller, in particular, I-action
2. Cascade control

3. Ratio control

None of these are easily implemented using MPC




Cases where ratio control should not be used:

e Heat exchangers (because the area is fixed during operation)

o  This means, for example, that we should not fix the ratio between hot and cold flow.

o  For the scaling property to hold for a heat exchanger, we would need to increase the heat
transfer area A proportionally to the flow rates. This is reasonable during design but not
during operation.

e Non-equilibrium reactors (because the volume is fixed)
o  Extent of reaction depends on kinetics and reactor volume

e Compressors with varying thermodynamic efficiency
o  This includes most real compressors

e Mixing processes where one feed stream is fixed

e Distillation with a fixed stream (e.g. heat input)




Controller TC Ko 717 [s] Setpoint

LCL p * -50 7200 1.9 m
LCrL B * -50 7200 1.9 m
PCY, * 3 28 2.0 bar
T'Cgs6 60s 5.3 2336  set by CC
CCp 600s -528 3600 l.e-3
LCu.p * 10 7200 2.1 m
LCH B * 10 7200 2.1 m
PCy * 1 3600 2.05 bar
CCrL B * 7.95 7500 l.e-3
CCH.B * 1 600 l.e-2

Table 2. Tuning parameters for the distillation
column in Figure 8. The controllers were tuned
sequentially in the order given in the table.
From the desired 7o, we obtain Ko and 77
from the SIMC rules and open-loop exper-
iments performed in Aspen Plus. The con-
trollers marked (*) were tuned manually based
on qualitative process dynamics. Simple anti-
windup schemes with bounds on the controller
output are used for most PI controllers.

@ NTNU
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Figure 2.3 — Four "simple” distillation column control schemes.

(a) B1: L and V constant.
b) B2: L/F and V constant.

(
(¢) B3: L/F constant and temperature control on stage 38.
(

d) B4: L/F and V/F constant.
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(a) B1: L and V' constant.
(b) B2: L/F and V constant.
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(¢) B3: L/F constant and temperature control on stage 38.

(d) B4: L/F and V/F constant.

Figure 2.4 — Feed disturbance (+10%) simulation results from the schemes in Figure 2.4.




Scheduling

«Advanced» control oo

k4

* Mainly used in the «supervisory» control layer Site-wide optimization
 Two main options Y
1. Standard «Advanced regulatory control» (ARC) ”E | |
elements Local optimization
e This option is preferred if it gives acceptable (houn)
performance |- - - == e
I setpoint |
MPCor | v | I
L. Advanced I k4 I |
2. Model predictive control (MPC) Contral | supervisory control | |
uctures | | (minutes) on
e Requires a lot more effort to implement and maintain : :'ﬂ'ﬁ“'
| 7 Z!_slg%oint I
PID ! 5 | !
— What about machine learning (Al)? control : Regulatory control :
[ (seconds)
I |

* No, it requires way too much data - would take years to

learn *

PROCESS




E I Fb SP SP SP
xample: | 1

P —(FC) 1©) ©) (9
Inventory control N : .

-

Fy Fy Fy F3

(a) Inventory control in direction of flow (for given feed flow, TPM = F,)

“Long loop”

~ 8P
(19—

j zz = 1 (bottleneck)

F{j Fl FE

(d) Inventory control with undesired “long loop”, not in accordance with the
“radiation rule” (for given product flow, TPM= F;)

35 TPM = throughput manipulator



36

Inventory
control for

units in series <

Radiating rule:

Inventory control should be
“radiating” around a given I

flow (TPM).

trol in direction of flow (for given feed fow, TPM = Fy)

lSI’

l—®

(b) Inventory control in opposite direction of How (for giv
TPM= F3)

(e} Radiating inventory control for TPM in the middle of the process
(shown for TPM = Fy)

Need to reconfigure inventory loops if TPM moves

Follows radiation rule

®@NINU




Generalization of bidirectional inventory control

Reconfigures TPM automatically with optimal buffer management!!

Fos SP-H SP-L Fig SP-H SP-L Fag SP-H SP-L Fiy

Maximize min _@9 @—* min —@:) 6@— min *—@ @— min
_— '

throughput: O

f =co

S = [ L= R B -

FU F]_ Fz F.j
Unit 1 Unit 2 Unit 3

LI UU. DIUIICULIVIGL THIVELIIULY LCULIU UL SULICIHIC 1UL duluiaue 1euUiigund

et al. (2022).
SP-H and SP-L are high and low inventory setpoints, with typical values 90% and 10%.

Strictly speaking, with setpoints on (maximum) flows (F; ), the four valves should have slave flow controllers (not shown). However, one may instead have setpoints on valve
positions (replace F,, by z,,), and then flow controllers are not needed.

LUULL UL WUURPS (101 GOLUL UG T WL UIC TaUIauUil 1UIC) il HIGATIIAILE, UL UUEIPUL. OLLLISRCY (L FU L) suuca

‘f“,g,

F.G. Shinskey, «Controlling multivariable processes», ISA, 1981, Ch.3

Cristina Zotica, Krister Forsman, Sigurd Skogestad ,»Bidirectional inventory control with optimal use of
intrmediate storage», Computers and chemical engineering, 2022

end of the process or constrained at any
ontrol.




When use MPC?

When conventional APC performs poorly or becomes complex

e (Cases with many changing constraints (where we cannot assign one input to each
constraint)

* |Interactive process

 Know future disturbances and setpoint changes (predictive capability)




«Transformed inputs» v

e Combining feedforward with feedback in an extremely simple way
* Most effective for static feedforward

— Dynamic generalzation (= «feedback linearization») usually unrealistic because of many derivatives

1. Static model: y =f(u,d)
2. Select transformed inputs (= controller outputs): v = f(u,d)
3. Invert to get physical inputs: u =f*(v,d)
4. Then response from vtoyis: y=1v (linear, decoupled, perfect disturbance rejection)
o 14
! y y !
- > | Feedback { Vo Callgrclitklon = Process AN
_ 1 Controller : (static FF) E
y D e 2 !

Looks like magic but ut works

39 S. Skogestad, C. Zotica, N. Alsop., «Transformed inputs for linearization, decoupling and feedforward control», J. Proc. Control, 2023 B NTNU



Example decoupling: Mixing of hot (u,) and cold (u,) water

<] * Want to control
u, T y, = Temperature T
F y, = total flow F
D> * Inputs, u=flowrates
%) *  May use two SISO Pl-controllers
TC
FC
V,=sum * Insight: Get decoupled response with transformed inputs

TC sets flow ratio, V, = U /u
v,=ratio ! 12
FC sets flow sum, V, = U; + U,
* Decoupler: Need «static calculation block» to solve for inputs

U, =vy v,/ (1+v,)
u,=v,/(1+v,)




TRANSFORMED INPUTS v=f(u,d): GENERAL APPROACH FOR COMBINED FEEDBACK,
FEEDFORWARD, DECOUPLING AND LINEARIZATION

Example: Mixing of hot and cold water : : 1 d |
Thy gn Ys Vv i Calculation u : y
B 7'y »] Controller > block » Process |- >
°® r.a_, _ ! (static) i
T.. g, y R EE e I

Figure 1: Mixer system i
Y ( fh)
Steady-state model written as y=f(u,d): e

T= qhTh+qcTc ( .I‘r )
qh+qc d = T
qd=4c + dh .
Select transformed inputs as right hand side, v =f ’ T)
__ 4hTh+qcTc . . =
VI= ree. (Y Generalized ratio q

V=4, + dh (Z)
Model from v to y (red box) is then decoupled and with perfect disturbance rejection:
T= Vi
q=V; It’s almost magic!
* Can then use two single-loop PI controllers for T and q!
These controllers are needed to correct for model errors and unmeasured disturbances

* Note that v; used to control T is a generalized ratio, but it includes also feedforward
from Tc and Th.
Implementation (calculation block) : Solve (1) and (2) with respect to u=(qc gh):
v,(vy = T)
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